Postcombustion CO 2 capture by calcium looping (CaL) is being rapidly developed for coal combustion applications. This work discusses the impact of the accumulation of CaSO 4 and other inert solids on CO 2 capture efficiency and the overall CaL process performance. Several process configurations are considered, and the mass and energy balances and an updated carbonator reactor model are solved for each configuration.
Introduction
CO 2 capture and storage (CCS) has emerged as a suitable option for reducing CO 2 emissions from large stationary sources such as coal power plants [1] . Nowadays there are mature CO 2 capture technologies that could be commercially deployed if there are reasonable incentives due to carbon prices [1] . In order to reduce the costs associated with CO 2 capture, a number of new technologies are also emerging. One of the most promising processes is postcombustion Ca-looping (CaL), which has experienced a rapid scale up in the last few years. It has already been tested in small facilities (10s kW th ) operating in full continuous mode [2] [3] and has currently reached the experimental testing phase in a 1.7 MW th pilot plant in La Pereda -Spain [4] [5] , a 200 kW th facility at IFK -Stuttgart [6] [7] and a 1 MW th pilot plant at ETS in Darmstadt [8] [9] .
Postcombustion CaL was first proposed by Shimizu et al. [10] , and is based on the use of lime as a sorbent to capture CO 2 by means of carbonation/calcination cycles. The most suitable configuration for the application of CaL on a large scale involves the use of two interconnected circulating fluidized bed (CFB) reactors (carbonator and calciner as shown in Fig. 1 ). In this process, the flue gas generated in the power plant is directed to a carbonator, where CO 2 reacts at temperatures between 600 and 700ºC with a stream of CaO particles. As a result, CaCO 3 is formed and a CO 2 depleted gas leaves the carbonator. The partially carbonated solid stream enters the calciner together with a continuous make-up flow of limestone fed to this reactor to compensate for the decay of the CO 2 capture capacity of the sorbent with the number of carbonation/calcination cycles. In the calciner coal burns under oxy-fired conditions [10] to attain the temperatures required to convert both the CaCO 3 from the carbonator and the fresh sorbent back to CaO (around 900ºC). Although the heat demand in this reactor (coal and O 2 ) is high [10] [11] , the overall energy penalty of the CaL process is low [10, [12] [13] [14] [15] [16] [17] [18] [19] , since energy can be recovered from high-quality heat sources (the solids streams between reactors, the carbonator and the high temperature gases abandoning the reactors). As a consequence of the nature of the CaL process, these systems have a continuous input of inert solids, mainly due to the coal fed into the circulating fluidized bed calciner but also because of the SO 2 in the flue gas entering the circulating fluidized bed carbonator. The SO 2 tends to react with the CaO present in both reactors of the system and forms CaSO 4 . In order to prevent the accumulation of inerts in the system, solids should be purged from the calciner, which will contain mainly CaO, CaSO 4 and ashes.
The flow rate of the solids purge is defined from a mass balance of the inerts fed to the process and the fresh limestone added to the calciner. The ratio between these two variables also determines the composition of the total inventory of solids in the system, which is known to affect the performance of the calcium looping process in terms of CO 2 capture efficiency and heat requirements in the calciner [11, [20] [21] . Some previous works give an overall view of the CaL process by formulating the mass and energy balances of the whole system, and they analyze the performance of CaL under certain operating conditions, such as different make-up flows of limestone or different solids circulating rates between reactors [11, 21] , even in the presence of sulfur [12, 20] .
However, these studies do not analyze the influence of ashes and the formation of CaSO 4 on CO 2 capture efficiency from a carbonator reactor point of view. This is a critical relationship to be quantified in the system. For a certain set of operating conditions, the solids inventory in the circulating fluidized bed carbonator will be fixed, and an increase in the concentration of inert solids in the system will translate into a low inventory of active Ca inside the reactor, thereby reducing the CO 2 capture efficiency.
The aim of this work therefore is to quantitatively discuss these effects by analyzing several scenarios in relation to different power plant and CO 2 capture configurations.
For this purpose, mass and energy balances were solved together with an updated carbonator reactor model, allowing us to calculate the CO 2 capture efficiency for each scenario. This simulation exercise provided useful information to determine the minimum make-up flow of limestone required to sustain a certain level of CO 2 capture efficiency as a function of the quality of the coal fed to the calciner and the SO 2 content in the flue gas entering the carbonator reactor from the power plant.
Methodology for process simulation
The process configurations analyzed in this work follow the general scheme depicted in Fig. 1 , in which the flue gas coming from the power plant is fed into the carbonator of the CaL facility. Table 1 summarizes the different configurations of the process, depending on the type of power plant emitting flue gases, the availability of SO 2 capture from the flue gas (with a flue gas desulfurization (FGD) unit in the pulverized coal (PC)
power plant of an in situ SO 2 capture in the circulating fluidized bed combustion (CFBC) power plant) or the presence of a reactivation process. [26] [27] [28] [29] [30] [31] [32] [33] [34] , recarbonation [35] or any other means to increase the average activity of the circulating material or a fraction of such a solid stream. In order for the simulation to embrace any sorbent reactivation strategy no specific procedure to regenerate the solids is specified. The impact of the reactivation step is only considered through the increase in the average carrying capacity of the circulating material.
Mass and energy balances were solved for each configuration using an updated version of the carbonator model proposed by Alonso et al. [36] . This model assumes that the carbonator behaves as a continuous stirred tank reactor (CSTR) for the solids, so that the conversion of the particles is based on their residence time distribution, whereas the carbonator performs as a plug flow reactor (PFR) for the gas phase. In this work the average reaction rate (r ave ) is expressed as [3] :
where k sB φ is the apparent reaction rate constant, f a is the active fraction of particles, N Ca is the total inventory of Ca moles inside the carbonator, X ave is the maximum average conversion of the solids, ν CO2 is the volume fraction of CO 2 and ν e is that in equilibrium conditions.
The fraction of particles that are active and able to react with CO 2 are those which have been in the carbonator for a shorter time than that required to achieve their maximum carbonate conversion, t* [36] . Therefore, f a is formulated in accordance with the CSTR residence time distribution [36] :
where F R is the calcium looping rate between the reactors and t* can be calculated from Eq. (3) [3, 36] :
The maximum average carbonation conversion of lime particles can be obtained from the expression proposed by Rodríguez et al. [37] , assuming total calcination conversion.
This equation takes into account the fact that the carbonation reaction may not be completed each time that a particle leaves the carbonator: 
The previous X ave expression only considers the decay in the CO 2 capture capacity of lime resulting from the number of carbonation and calcination cycles. As was mentioned above, the impact of the SO 2 on the activity of the sorbent is difficult to quantify in a large scale system. A conservative assumption [12] can be made by assuming that sulfur reacts only with the active fraction of the sorbent, so that the effective maximum average conversion of the solids, X ave,e , is obtained through the following expression:
In this equation X sulf is the fraction of the fresh limestone that reacts with the sulfur that enters into the system with the flue gas and the coal burnt in the calciner, F S [12] :
Eqs. (4) and (6) do not directly reflect the positive impact of a potential sorbent reactivation stage (dotted box in Fig. 1 ). As discussed below, this will be taken into account when selecting the sorbent performance parameters (a 1 , a 2 , f 1 , f 2 and b implicit in the equation proposed by Li et al. [21] and used to obtain Eq. (6)) in Configuration 3 reported in Table 1 .
Finally, the last term of the reaction rate expression (Eq. (1)) is the average of the difference between the CO 2 volume fraction in the carbonator and that in equilibrium conditions, which is obtained through Eq. (8) [36] : ν ν
In this expression E carb symbolizes the CO 2 capture efficiency and ν 0 is the CO 2 volume fraction at the carbonator inlet.
Taking into account all previous considerations, the carbon mass balance in the solids phase can be expressed as [36] :
where F CO2 is the CO 2 molar flow that enters the carbonator.
Moreover, the carbon mass balance formulated for the gas phase at the carbonator exit is given by Eq. (10): To solve the previous equations, we have defined the following input variables: the power plant capacity, the composition of the coals used in the boiler and the calciner, the inlet gas velocity in the carbonator and its total inventory, the kinetic and sorbent decay constants, the total solids circulation between reactors, the make-up flow of limestone and the oxygen content and temperature of the recycled gas stream that enters into the calciner. After the simultaneous formulation of the energy and mass balances, together with the Eqs. (5), (9) and (10) of the carbonator model, we can calculate the fraction of active particles, their maximum CO 2 carrying capacity and carbonation conversion, the calcium looping rate between reactors, the coal and O 2 required in the calciner, and CO 2 capture efficiency in the carbonator.
Results and Discussion
In order to analyze the relationship between CO 2 capture efficiency and the input of ashes and SO 2 to the CaL system for the three configurations of Table 1 , a common set of boundary conditions was defined. A power plant capacity of 1000 MW th was fixed for all the configurations, so that the CO 2 molar flow and the volume fraction entering the carbonator could be calculated. The chosen operating temperatures were 650ºC and 920ºC for the carbonator and calciner respectively. All reactors are assumed to operate under similar hydrodynamic conditions. For this purpose, the carbonator cross sectional area was calculated for all scenarios to maintain an inlet gas velocity in this reactor of 5 m/s. In addition, the total inventory of solids in the carbonator was set at 1000 kg/m 2 (including ashes and calcium sulfate). This inventory is assumed to be independent of the gas velocity in the carbonator and the solid circulation rate or the calcium ratio to the carbonator. This assumption only makes sense if modest changes are accepted in these variables and the possibility of an additional internal recycle of solids is considered in the scheme of Fig. 1 to decouple the solids inventory in the carbonator from the solids circulation between the reactors [38] [39] . The F 0 /F CO2 ratio was fixed at 0.1 for all configurations and no losses of lime due to attrition were considered for the mass balances, as the attrition effects are known to be closely related to the first calcination step [40] (so that the material subjected to attrition is mainly the make-up flow fed to the system), and they can be compensated for by introducing a higher makeup flow of limestone. For this comparison exercise, we have assumed a total external solids circulation rate to the calciner of 5 kg/m 2 s which should be high enough to give high active space times [3] to ensure high CO 2 capture efficiencies and reasonable heat requirements in the calciner of a CaL system [11] . The apparent reaction rate constant of active particles in the carbonator was taken as 0.43 s -1 [3] . The SO 2 capture efficiency for both the carbonator and the calciner is assumed as 90% for each step. However, as a fraction of the gases leaving the calciner is recycled to this reactor, the overall calciner SO 2 capture efficiency increases.
The composition of the coal fed to the PC and CFB combustors is 68.0 %C, 4.0 %H, The amount of coal fed to the calciner is calculated by means of the energy balance.
Coal is assumed to be burnt in the calciner with an oxidizing mixture containing 30%v O 2 . The sulfur contained in the coal is mainly converted to calcium sulfate, as the CFB calciner is assumed to operate with a SO 2 capture efficiency of 90% for each step.
The split between fly and bottom ashes from the coal (the latter are the only fraction that accumulates in the CaL system) was considered to be 50%. In addition, the flue gas coming from the power plant is assumed to be free of ashes. [37] . These parameters are fully consistent with the data reported by Grasa et al. [41] , which can be expressed through Eq. (4) to make easier to estimate X ave under different conditions. Eq. (4) was also used to calculate X ave for the reactivation step, but in this case the parameters were adjusted to achieve a different residual conversion of the sorbent. For Configuration 3, the fitting constants in Eq. (4) This corresponds to a residual sorbent conversion (X r ) of around 0.16, which is equal to that obtained experimentally through recarbonation [35] (see Fig. 2 ). Nevertheless, similar or even higher levels of sorbent reactivation can be attained by using other strategies, such as hydration [26] [27] [28] [29] [30] [31] [32] [33] [34] or other options which are also being studied to improve the CO 2 capture capacity of lime [42] [43] . It should be also mentioned that the previous fitting parameters derive from thermogravimetric studies done in the absence of steam, which may enhance the activity of the sorbent [44] [45] . Fig. 2 shows the adjustment of Eq. (4) (with the new fitting constants) to the experimental values obtained through recarbonation [35] . The curve for the case where there was no reactivation is also depicted. Table 2 ). In this case, the high SO 2 input increases the inventory of inert solids and drastically reduces the average activity of the sorbent. In fact, the actual effective maximum average conversion of the particles takes on a value similar to that of the residual conversion of lime, even in the presence of the make-up flow. The sharp decrease in sorbent activity assumed for this scenario is the result of the direct effect of X sulf subtracting net points of X ave (Eq. (6)). This can be considered as a too conservative assumption, because CaSO 4 has been shown to be able to react not only with the active CaO for CO 2 capture but also with the non-active lime fraction [25] . However, in Configuration 2, when the flue gas is desulfurized in the CFB reactor prior to entering the CO 2 capture system, the E carb increases up to 80% for the same operating conditions due mainly to the higher X ave,e . If the sorbent is subjected to a process to increase its average activity (Configuration 3), a CO 2 capture efficiency of 93% can be attained under the favorable conditions of this configuration. Table 3 . Molar flows and compositions of the gas streams of Fig. 1 .
Gas streams
Configuration Composition Flue gas (1) Table 4 ), although they are slightly higher in the latter case because more coal is fed to the calciner in order to calcine the higher flow of CaCO 3 formed in the carbonator. On the other hand, the amount of CaSO 4 formed when using Configuration 1 is significantly higher (around 15%). Table 4 . Mass flows and compositions of the solids streams of Fig. 1 It is already clear from solving solutions of the reference configurations that the CO 2 capture process can achieve a low performance due to the reduction of sorbent activity and the accumulation of inerts in the system. In order to improve its performance (increase the activity of the sorbent and purge the inerts), the main process variable that needs to be adjusted is the make-up flow of fresh limestone. This section analyzes how the F 0 /F CO2 ratio affects the CO 2 capture efficiency and the concentration of inerts, and the differences between each configuration. The procedure and the input variables used are the same as in the reference scenarios. The calculated CO 2 capture efficiencies are depicted in Fig. 3 , whereas Fig. 5a and 5b show the weight percentage of ashes and CaSO 4 respectively in the stream of the partially carbonated solids that is transported from the carbonator to the calciner. As can be seen in Fig. 3 , for low values of F 0 /F CO2 , the higher the make-up flow, the higher the CO 2 capture efficiency due to the improvement of the effective maximum average conversion of the sorbent (depicted in Fig. 4 ) and the rise of the circulation rates of calcium between reactors as the inert solids concentration decreases. The rate at which the E carb increases as a function of the F 0 /F CO2 ratio is different for each configuration. As mentioned in the previous section, these differences can be explained on the basis of the composition of the inventory of solids in the system and the effective maximum average conversion of the particles (see Fig. 4 As it can be seen in Fig. 5a , the ash content in the system (X ash ) rises sharply as the F 0 /F CO2 ratio approaches to zero. As shown above, for low F 0 /F CO2 ratios the differences observed in the ash content are mainly due to changes in the coal requirements in the calciner, since different amounts of CO 2 are captured in each configuration, thus modifying the heat demand in the calciner. When the make-up flow increases the CO 2 capture efficiencies reach values close to equilibrium, and there are almost no differences in the ash content. The mass fraction of CaSO 4 in the carbonator (Fig. 5b) , X CaSO4 , follows the same trend as the ashes when comparing Configurations 2 and 3, because the input of SO 2 into the system is mainly due to the sulfur in the coal fed into the calciner. However, Configuration 1 shows significantly higher X CaSO4 values, since there is an additional input of sulfur to the CaL system from the flue gas. capture efficiencies while minimizing the make-up flow of sorbent. Unless there is a strong synergy with a cement producer (which would also impose limits on the composition of the purge material used), low limestone consumption is always an economic advantage [46] [47] . F 0 can be reduced when using high-quality coals and/or when the sorbent is reactivated. The effect of the reactivation was analyzed for a system which follows the scheme of Configuration 3, where lime has residual conversions of 0.12, 0.16 (reference case of Configuration 3) and 0.30. In these cases, a 90% CO 2 capture efficiency is attained when the F 0 /F CO2 ratio is 0.08, 0.06 and 0.03 respectively.
Furthermore, the CO 2 capture efficiency was analyzed as a function of the F 0 /F CO2 ratio, as depicted in Fig. 6 . It can be seen that the CO 2 capture efficiency approaches zero for low F 0 /F CO2 ratios, and these limiting ratios are lower when the extent of reactivation increases. However, it will always be necessary to feed a certain make-up flow of fresh limestone to attain reasonable CO 2 capture efficiencies, although the make-up flow can be reduced as a function of the reactivation level achieved with the sorbent.
Conclusions
CaL facilities for postcombustion CO 2 capture have a continuous input of ashes and SO 2 that depends on the flue gas desulfurization level in the reference plant and on the coal fed into the calciner. The increase in the feed of ashes and SO 2 to the system leads to a lower CO 2 capture efficiency due to the sulfation of the active CaO and a reduction in the inventory of active CaO in the carbonator. The results obtained in this work indicate that the main impact on CaL performance is caused principally by the input of sulfur into the system. With low sulfur coals (1% S in the boiler and 0.5% in the calciner) the introduction of a modest reactivation step (X r =0.16) reduces the make-up flow required to attain an E carb =0.9 of around 50%. However, even with an effective reactivating step leading to a lime residual conversion equal to 0.30, there is a need for a minimum make-up flow of limestone of about 0.03 (F 0 /F CO2 ) to avoid the effects of the inerts.
flows, the carbonator efficiency shows high sensitivity to the composition of the coal of the calciner and the SO 2 content in the flue gas. The methodology proposed in this study seems to be a valuable tool for quantitatively selecting make-up flows for different configurations and different coal qualities.
